The effect of liquid viscosity on the performance of a non-porous membrane contactor is important to study for a proper solvent selection and process design. In this work, the overall mass transfer coefficient for MEA-and NaOH-based solutions was studied using a string of discs contactor in the temperature range 28-64°C and a thin composite membrane contactor at 40°C. Also, viscosity, density and N 2 O solubility of the aqueous solutions were measured in the temperature range 30-70°C. The solvent viscosity of MEA and NaOH solutions was artificially adjusted from 0.5 to 54.7 mPa s by addition of sugar and/or glycerol.
Introduction
The Paris agreement sets a goal to limit the global temperature rise to well below 2°C. However, two years after it went into force, the emissions are heading in the opposite direction to the cuts needed to combat climate change. According to a report by the Global Carbon Project, carbon emissions from coal, oil, natural gas and cement production are expected to increase by 2.7% in 2018 compared to the previous year [1] . Thus, in response to increasing emissions, several climate actions need to be implemented. For instance, an increase in the use of renewable energy (hydropower, wind, solar), the creation of energy efficient solutions and implementation of carbon capture and storage (CCS) represent concrete perspectives. CCS is a promising solution to decarbonize the energy and industrial sectors as it can capture up to 90% of produced CO 2 from large emission sources such as coalfired power plants and cement, iron and steel production plants [2] , thereby preventing CO 2 from entering the atmosphere. After the CO 2 is captured, it is transported and stored safely and permanently in geological formations.
Today, several CO 2 capture technologies exist. Among the technologies available for post-combustion CO 2 capture, chemical absorption using aqueous amine solvents has the highest technology readiness level (TRL) with a TRL of 9 [3] . In a typical chemical absorption process, CO 2 is brought in direct contact with the solvent in packed columns and absorbed into the solvent at around 40°C. Upon heating at around 120°C, the CO 2 is released from the solution. The technology can be retrofitted to already existing plants and has been proven in two commercial-scale facilities from coal-fired power plants, Boundary Dam in Saskatchewan, Canada, and Petro Nova in Texas, USA. However, despite technical maturity, the research efforts are still focused on making the technology economical viable and improving the solvent performance, which implies finding solvents with improved energy requirement, absorption rate and cyclic capacity, which are thermally stable at process conditions [4] [5] [6] [7] . Another concern is the environmental impact of large scale use of amines as the emission of degraded solvents to the environment may occur through the exhaust gas [8] . Therefore, to mitigate this issue a promising alternative to the conventional absorption column is the use of non-porous membranes in membrane contactors [9] . The membrane is the interface between the gas and liquid phase and, by materials engineering, can be designed to act as barrier for target components (i.e., amine), while still allowing high CO 2 fluxes towards the liquid absorbent. Ansaloni et al. [10] https://doi.org/10.1016/j.seppur.2019.04.024 Received 29 December 2018; Received in revised form 8 March 2019; Accepted 8 April 2019 reported that fluorinated polymers are characterized by a high CO 2 / amine transport selectivity, and their use as membrane material can considerably reduce the amine concentration in the gas phase leaving the absorber [11] . Furthermore, the use of thin composite membranes (porous support coated with a thin dense layer) is beneficial to prevent the membrane wetting in the membrane contactor. Compared to a traditional absorption column, a higher mass transfer resistance is expected due to the presence of a membrane, even though the opposite has also been reported [12, 13] .
In a recent study, the CO 2 capture performance of blended amines was studied using a non-porous membrane contactor [14] . The study found that the mass transfer coefficient at room temperature for the blended amines was 50% lower than the benchmark 30 wt% monoethanolamine (MEA). As the difference in mass transfer decreased with increasing temperature, the higher solvent viscosity of the blended amines was suggested as a potential reason to explain the lower mass transfer coefficient. However, along with the viscosity drop, the increase of the operating temperature also affected other properties (i.e., decrease of transmembrane CO 2 flux, higher CO 2 diffusion in the interface (liquid/membrane) layer and lower CO 2 absorption capacity of the liquid). Therefore, even though viscosity was identified as the prime suspect, it was not possible to decouple its effects from the other.
A good understanding and prediction of the mass transfer in viscous solutions is important for proper solvent selection and process design. Amine solvents can typically have 5-10 times higher viscosities than water and viscous solutions decrease the diffusion of CO 2 into the solvent. Upon CO 2 loading, these differences can become even larger [14] . In literature, the influence of viscosity on the liquid mass transfer coefficient without reaction, k l o , has been studied in packed columns,
but not yet in membrane contactors. In packed columns, the k l o is found to decrease with increasing solvent viscosity [15] [16] [17] [18] . Traditionally, sugar and glycerol have been used to increase the solvent viscosity due to their complete solubility in water and Newtonian behavior [18] [19] [20] [21] .
Song and Rochelle [21] studied the reaction kinetics of CO 2 in aqueous solutions of sodium hydroxide (NaOH) and glycerol using a wetted wall column (WWC). The study showed that the CO 2 absorption rate increased with the addition of 15 wt% glycerol to NaOH and decreased with the addition of 20-80 wt% glycerol to NaOH. The increase in absorption rate was likely due to the formation of glyceroxide, while the decrease was likely due to decreasing diffusivity of CO 2 .
In this work, the effect of liquid viscosity on the membrane performance was studied using MEA and NaOH solutions. The viscosity was artificially changed with the addition of sugar and glycerol (Fig. 1) while keeping the concentration of MEA and NaOH constant. The overall mass transfer coefficient (K ov ) for the different aqueous solutions was obtained using a string of discs contactor (SDC) in the temperature range 28-64°C, and a membrane contactor (MC) at 40°C. In addition, viscosity, density, and N 2 O solubility were measured.
Chemical reactions
Absorption of CO 2 into the aqueous solutions of MEA or NaOH involves several reactions. In both solutions, CO 2 dissolves into the solution and reacts with OH − to form (bi)carbonate (Eqs.
(1)-(3)).
In addition, in the aqueous solution of MEA, MEA reacts with CO 2 to form carbamate. The formation of carbamate can be described using two different reaction mechanisms, the zwitterion mechanism [22] and the termolecular mechanism [23] . The zwitterion mechanism is a twostep reaction mechanism in which the formation of carbamate proceeds through the formation of a zwitterion complex as given in Eqs. (4) 
In addition, literature report that in a basic solution glycerol can react with OH − to form glyceroxide (Eq. (7)) [24] , which again can react with CO 2 (Eq. (8)) [25] . These reactions may also be applicable for sugar, which, similar to glycerol, contains several hydroxyl groups (Fig. 1) .
Experimental

Materials
Monoethanolamine (CAS: 141-43-5) with purity ≥ 98% and glycerol (CAS: 56-81-5) with purity ≥ 99.5% were purchased from SigmaAldrich, sodium hydroxide (CAS: 1310-73-2) with purity 99.1% was purchased from VWR chemicals and sugar was of a commerciallyavailable grade. Nitrogen oxide (CAS: 10024-97-2) with purity 99.999%, carbon dioxide (CAS: 1244-38-9) with purity 99.999% and nitrogen (CAS: 7727-37-9) with purity 99.998% were purchased from AGA. Teflon AF2400 (CAS: 37626-13-4) was purchased from Chemours Company. FC-72 (CAS: 86508-42-1) was supplied by 3 M. Celgard LLC (Charlotte, US) kindly supplied the porous polypropylene (PP) support (Celgard® 2400, thickness 25 µm, porosity 41%). All chemicals were used as received without further purification. The aqueous solutions studied were 30 wt% MEA mixed with 0, 28, 35 and 38 wt% sugar, and 3.9 wt% NaOH mixed with 0, 38, 48 and 52 wt% sugar and 50 wt% glycerol. The solutions were prepared gravimetrically with deionized water.
Methods
pH measurement
The pH value of aqueous solutions was measured at 25°C using an InLab NMR pH electrode connected to a SevenEasy pH meter from Mettler Toledo. Before the measurement, the pH electrode was calibrated at pH 7.00, 9.21 and 11.00 using technical buffer solutions from Mettler Toledo. Based on repeated measurements, the repeatability of the pH measurement was ± 0.1.
Viscosity and density
Viscosity and density of the MEA-and NaOH-based solutions were measured in a combined system consisting of an Anton Paar DMA 4500 density meter [26] and an Anton Paar Lovis 2000 ME rolling-ball viscometer. The measurements were conducted in the temperature range 25-70°C. Based on repeated measurements, the repeatability of the viscosity measurements was on average 3.8%, and the repeatability of the density measurements was ± 3·10 −3 g/cm 3 .
N 2 O solubility
The solubility of N 2 O into aqueous solutions was measured using the same apparatus as detailed explained in Gondal et al. [27] . The apparatus consisted of a 1L glass reactor and a gas holding vessel, pressure transmitter PCE-28 (measuring range 0-6 bar and accuracy 0.1% of full scale) and Pt100 thermocouples ( ± 0.1°C). In each experiment, the reactor was evacuated both before and after the addition of around 500 g of solution. The experiments were conducted in the temperature range 30-70°C and at each temperature the system was left to equilibrate. At the highest temperature, N 2 O was added from the gas holding vessel to the reactor and equilibrium was once again established. Thereafter, the temperature was decreased, and the equilibrium was established at each temperature.
The equilibrium partial pressure of
, was determined from measured total pressures, and the amount of N 2 O added from the gas holding vessel and present in the gas phase of the reactor was calculated using the Peng-Robinson Equation of state [28] . Then, from the experimental data, the Henry's law constant was calculated as given in Eq. The solubility apparatus was validated by measuring the solubility of N 2 O in water. As shown in Fig. 2 , the average absolute relative deviation (AARD) was 2.0% from the correlation provided by Penttilä et al. [29] , and the repeatability was on average 1.3%.
String of discs contactor (SDC)
The CO 2 absorption rate into unloaded MEA-and NaOH-based solutions was measured using a string of discs contactor (SDC) (Fig. 3) . The apparatus, previously explained by Ma'mun et al. [30] , is designed for atmospheric pressure. It consists of 43 discs with a total column height of 64.5 cm and a mass transfer area of 0.0219 m 2 . The experiments were conducted in the temperature range of 28-64°C and at low CO 2 partial pressures (∼0.2-0.3 kPa in the feed gas).
For each experiment, a CO 2 unloaded solution was placed in a 5 L glass container and pumped through the system with a constant liquid rate of around 60 ml/min. Simultaneously, a gas stream containing N 2 and CO 2 circulated the system counter-current to the falling liquid solution. The inlet gas composition was set by mass flow controllers and an IR analyzer determined the outlet CO 2 gas concentration. The IR analyzer was calibrated with mixtures of CO 2 and N 2 before and after the experiment, and both calibrations were used to determine the CO 2 concentration in the gas stream. A DP cell provided by Druck measured the pressure. The experiment was terminated when stable gas/liquid temperatures and gas composition were maintained for at least 5 mins.
After each experimental point, a liquid sample was collected for CO 2 and total alkalinity analysis. The final CO 2 loadings were found to be in a negligible amount (varied from 0.002 to 0.041 mol CO 2 /mol alkalinity).
From the recorded experimental data, the CO 2 absorption flux and the overall mass transfer coefficient (K ov ) were calculated. The CO 2 absorption flux was calculated by a mass balance over the entire system (Eqs. (10) and (11)). The inlet CO 2 flux, N CO2,in , was measured directly by the mass flow controller, and the outlet CO 2 flux, N CO2,out , was calculated as given in Eq. (11) in which y CO2 is the CO 2 concentration of the outlet gas phase recorded by the IR analyzer and N N2 is the constant flow of inert through the apparatus. 
K ov was calculated as the ratio between the absorption flux and the driving force (Eq. (12)). The driving force was calculated as the logarithmic mean of the CO 2 partial pressure difference between the outlet and the inlet stream, p CO LM 2 (Eq. (13)).
To validate the experimental procedure, initial CO 2 absorption rates in 30 wt% MEA and 3.9 wt% NaOH solutions were measured and compared to literature data (Fig. 4) . The calculated K ov for 30 wt% MEA deviated on average 9.1% from data reported by Luo et al. [32] , and the K ov for 3.9 wt% NaOH agreed well with data from Gondal et al. [33] . All experiments (except for the solutions 30 wt% MEA + 38 wt% sugar and 3.9 wt% NaOH + 50 wt% glycerol) were repeated twice, and the repeatability was on average 3.6%.
Liquid analysis
The CO 2 concentration in the liquid samples was determined by Total Inorganic Carbon (TIC) analysis using TOC-L provided by Shimadzu. A diluted liquid sample was injected and acidified in a 25 wt % H 3 PO 4 solution, and the released CO 2 was detected by a non-dispersive infrared (NDIR) analyzer. The alkalinity of the liquid samples was analyzed by titrating a diluted liquid sample with 0.2 N H 2 SO 4 [34] . 4 . Calculated values for K ov as a function of temperature, for 30 wt% MEA and 3.9 wt% NaOH solutions (r1 = first run; r2 = second run). The temperature is the average of the liquid inlet and outlet temperature. Literature data are obtained from Luo et al. [32] and Gondal et al. [33] .
Membrane fabrication and characterization
Membranes were prepared in the form of a thin composite membrane (TCM), by coating a dense layer on the top of the porous PP support. Teflon AF2400 was initially dissolved in the fluorosolvent (FC-72) in order to achieve a 1% solution on a mass base. The porous support was flattened and taped on a glass plate using aluminum tape. Subsequently, the clear polymer solution was dropped in a glass container, where the porous support was dipped twice. The second dipping happened after flipping the glass plate of 180°to ensure an even coating. Finally, the membrane was heated at 80°C overnight to ensure the complete solvent removal (FC-72 boiling point at 1 atm = 56°C). The final membrane morphology was analyzed using a Scanning Electron Microscope (Hitachi Tabletop TM3030) and the results are shown in Fig. 5 . The surface images showed that a homogenous and defect-free coating could be achieved by means of the described coating techniques. From the cross-section image, it is possible to see that the coating thickness was in the order of 1.8 µm ± 0.3 µm. In addition, even though the solvent was able to wet the porous support relatively easily, no evident pore penetration was observed for the fabricated membrane. This may be related to a difference in the surface tension between the two solid materials.
In order to better understand the membrane performance in the membrane contactor tests, the surface tension of the different solutions, as well as the contact angle on the dense coating surface of the composite membrane were measured by means of an optical tensiometer (Attension Theta, Biolin Scientific). In particular, the surface tension was measured using a pendant drop technique, whereas the contact angle by means of a sessile drop method, with a liquid droplet volume of 4-6 µl and capturing images at a sampling frequency of 3 frames per second. All the tests were performed at room temperature (∼23°C).
Membrane contactor
The membrane contactor performance was investigated using the various absorbents in the rig shown in Fig. 6 . The membrane is placed inside the sample holder, located inside a temperature-controlled chamber. The temperature was maintained constant at 40°C. The gaseous stream is initially created by mixing CO 2 and N 2 coming from mass flow controllers, bypassing the cell and measuring the CO 2 content with the IR analyzer. The gas flowrate was set to 250 ml/min, and different CO 2 content (13, 30 and 50 mol%) were investigated. Meanwhile, the liquid absorbent was flown on the top side of the membrane, in contact with the dense layer, at a flowrate of 100 ml/min. Since the viscosity considerably affects the ability of the pump to provide a given flowrate, the pumping speed was calibrated for each liquid solution to ensure a constant liquid flow rate. To start the experiment, the gaseous stream was sent to the sample holder, monitoring the drop in the CO 2 concentration of the retentate stream. A more detailed description of the apparatus and the experimental procedure is reported in our previous publication [14] . K ov was calculated as given by Eq. (12).
Modelling the CO 2 mass transfer
The CO 2 mass transfer in the SDC and the MC can be described by a resistance in series model given in Eqs. (14) and (15), respectively. In the SDC experiments, the K ov is expressed from the film model which assumes that all resistance to mass transfer is restricted to two stagnant films near the gas-liquid interface (Eq. (14)). The component transport through the gas and liquid film is diffusional, in which the component transport in the liquid film is also accompanied by chemical reactions. At the gas-liquid interface, the equilibrium condition is given by Henry's law. The expression is given in Eq. (14) as following
where k g is the gas side mass transfer coefficient, k l is the liquid side mass transfer coefficient with reaction and H CO2 is the Henry's law constant for CO 2 into the aqueous solution.
Extending the film theory and Eq. (14) to the membrane contactor case, the overall mass transfer coefficient can be described as the contribution of the three different phases: gas, liquid, and membrane. Therefore, Eq. (14) can be re-written as:
where k m is the mass transfer coefficient of the membrane, calculated as:
k ps is the mass transfer coefficient of the porous support, whereas k dl is the mass transfer coefficient associated with the dense layer. δ represents the thickness of the different membrane layers, is the pore tortuosity calculated as a function of the porosity (ε) of the porous support [35] , D CO g 2 is the CO 2 diffusion coefficient in the gas phase, which can be calculated according to Fuller correlation [36] , v m is the molar volume, P is the CO 2 permeability of the dense layer, R is the gas constant and T is the operating temperature.
In this work, the overall mass transfer coefficient in the membrane contactor was modelled using Eq. (15) . The mass transfer coefficient of the gas phase, k g , was calculated with an empirical correlation described in our previous study [14] and, in view of similarity of the membrane used, the same study provided also the parameters needed Fig. 5 . Surface (A) and cross-section (B) of the TCM prepared in the present work. In the cross-section image, the letter "a" indicates the porous support, whereas the letter "b" refers to the thin dense coating.
for modelling the membrane phase (Eq. (16)). Further, the Henry's law constant for CO 2 in the aqueous solutions was calculated from the N 2 O-CO 2 analogy [37] , where the Henry's law constant for CO 2 and N 2 O in water was estimated from the correlation provided by Carroll et al. [38] and Penttilä et al. [29] , respectively, and the Henry's law constant for N 2 O in the aqueous solutions was experimentally determined as described in Section 3.2.3. The k g in Eq. (14) was calculated from the correlation provided in Ma'mun et al. [30] who used the same apparatus and, by using the K ov values obtained from the SDC, Eq. (14) was solved for k l to be used in Eq. (15).
Results and discussion
pH at different viscosifier content
As discussed in Section 2, glycerol in aqueous solution can react with OH − to form glyceroxide (Eq. (7)). Therefore, to investigate the extent to which the addition of viscosifers (sugar or glycerol) influenced the hydrogen ion activity of the MEA-and NaOH-based solutions, the pH was measured. A change in pH value may indicate that the viscosifiers affect the reaction kinetics. The measured pH values are listed in Table 1 . From the table, it can be seen that the pH value slightly decreases with the addition of sugar and/or glycerol to the MEA and NaOH solutions. Thus, the small change may indicate that the reaction kinetics of the MEA and NaOH solutions were slightly affected by the addition of glycerol/sugar. Also, as discussed in Section 1, Song and Rochelle [21] reported an increase of CO 2 absorption rate when a small amount of glycerol was added to the caustic solution.
Liquid viscosity and density
Viscosities of MEA-and NaOH-based solutions in the temperature range 25-70°C are presented in Fig. 7 . The viscosity decreased exponentially with temperature and increased along with the amount of viscosifier. At the same temperature and with the same amount of sugar (38 wt%) added to MEA and NaOH, the viscosity increased with a factor of 15 and 8, respectively. Thus, a greater amount of sugar was added to NaOH to obtain a similar increase in viscosity as MEA. Further, the solvent viscosities of 3.9 wt% NaOH in the blend with 38 wt% sugar and 50 wt% glycerol were similar throughout the temperature range.
Experimental density data for the MEA and NaOH-based solutions are tabulated in Table 2 and 3, respectively. The density increased with increasing concentration of the viscosifier.
N 2 O solubility
The measured Henry's law constant for N 2 O into MEA-and NaOHbased solutions is shown in Fig. 8 and tabulated in Tables A1 and A2 . For both solvent systems, the solubility of N 2 O (inverse of Henry's law constant) decreased with increasing temperature and decreased with increasing concentration of the viscosifier.
Further, NaOH in the blend with 38 wt% sugar and 50 wt% glycerol obtained similar Henry's law constant for N 2 O at 30 and 40°C, while at higher temperatures, that of NaOH and sugar was slightly higher.
Kreulen et al. [39] reported the solubility of CO 2 into glycerol/H 2 O mixtures at 25°C, and, similar to this work, the solubility of CO 2 decreased with increasing concentration of glycerol, i.e. increasing solvent viscosity.
Surface tension and contact angle
To ensure that the addition of the viscosifier to the MEA-and NaOHbased solutions did not change other features of the absorbents, the surface tension of the liquid solutions as well as their contact angle when in contact with the AF2400 layer were characterized. These parameters are important in order to determine the type of contact that can be expected between the liquid phase and the membrane layer. 
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Fig . 9A shows the results obtained for the surface tension. In the case of 3.9 wt% NaOH, the surface tension was measured to be 70.8 mN/m, which is in line with the literature value [40] and similar to the surface tension reported for water in the same temperature conditions (∼72 mN/m at 25°C, [41] ). The low concentration of NaOH is probably related to this latest similarity. The presence of sugar in the NaOH solution did not affect significantly this parameter: deviations lower than 3% were observed up to 52 wt% sugar addition. In the case of 30 wt% MEA, the presence of the amine determined a drop in the surface tension of the liquid solution to 63.5 mN/m, which is determined by the lower surface tension of MEA (48 mN/m, [42] ) and in accordance with our previous publication [10] and with literature values [43, 44] for a similar amine content. Similar to the NaOH case, the addition of sugar had a minor effect on the surface tension of the more viscous absorbents, with a limited decrease (∼5%) at the highest viscosifier contents. Fig. 9B shows the results obtained in terms of contact angle. Even though in the membrane contactor test the porous layer is not in contact with the liquid (i.e., no wetting can take place), measuring the contact angle can still be important to understand if the viscosifier affects the way that the liquid wets the thin dense coating, possibly affecting the mass transfer. The high content of fluorine within the AF2400 structure makes the polymer highly hydrophobic, resulting in quite high contact angles both in the case of 3.9 wt% NaOH (127°) and 30 wt% MEA (112°). This last value is in accordance with our previous data [10] . Similar to the surface tension results, the addition of sugar had a limited impact on the contact angle. In the case of NaOH-based absorbents, deviations lower than 1% were observed at increasing liquid viscosity, whereas in the case of MEA-based solutions a minor decrease (∼5%) was observed for 28 and 35 wt% sugar.
Overall, it can be concluded quite clearly that the presence of the viscosifier in the absorbents did not affect the wetting behavior with respect to the investigated membranes to a significant extent. Therefore, no influence can be expected from this parameter on the mass transport properties of the absorbents with higher viscosity.
The overall mass transfer coefficient
String of discs contactor (SDC)
The K ov values obtained from the SDC as a function of temperature are presented in Fig. 10 and tabulated in Tables A3 and A4 . For the neat absorbent (0 wt% sugar content), the K ov values for 30 wt% MEA were, as expected, higher than for 3.9 wt% NaOH due to the faster reaction kinetics and the higher solvent concentration of MEA. The K ov further showed dependence on both the temperature and the solvent composition. The K ov increased with increasing temperature, which is likely due to the increasing reaction kinetics and CO 2 diffusivity that follows at higher temperatures, and decreased with the addition of sugar/glycerol to the MEA and NaOH solutions, i.e. decreased with increasing solvent viscosity.
Further, NaOH in the blend with 38 wt% sugar and 50 wt% glycerol, which showed similar solvent viscosity (Section 4.2) and solubility of N 2 O (Section 4.3), also obtained similar values for K ov at 30 and 40°C. At higher temperatures, the K ov values for the NaOH/glycerol solution were slightly higher, which may be related to the difference in N 2 O solubility discussed in Section 4.3.
Membrane contactor (MC)
The K ov values obtained from the membrane contactor (MC) at 40°C are shown in Fig. 11 as a function of the solvent viscosity and tabulated Table 3 Density data for NaOH-based solutions, g/cm 3 .
T (°C) 3.9 wt% NaOH 3.9 wt% NaOH + 38 wt% sugar 3.9 wt% NaOH + 48 wt% sugar 3.9 wt% NaOH + 52 wt% sugar 3.9 wt% NaOH + 50 wt% glycerol 25 in Table A5 . Like the SDC results presented in Section 4.5.1, the K ov values for 30 wt% MEA were higher than that of 3.9 wt% NaOH, and the K ov values decreased with increasing amount of viscosifier added to the solutions. Also, comparable K ov values were obtained for NaOH in the blend with 38 wt% sugar and 50 wt% glycerol. Further, from Fig. 11 it can be seen that the K ov values of the MC decreased when p CO2 was increased from 13 kPa to 50 kPa. Based on Eq. (12), the K ov is expected to be independent of the driving force ( p CO LM 2 ) as also reported by Luo et al. [45] . However, in the MC, the larger CO 2 driving force may have led to a faster increase of the CO 2 loading at the membrane/liquid interface, which would hinder the CO 2 absorption into the liquid phase.
Comparison between the SDC and the MC
When comparing the SDC and the MC results for the neat absorbents, it can be seen that the K ov values of the MC was, as expected, significantly lower than the K ov values calculated from the SDC experiments (Fig. 11) . The additional resistance associated with the porous and dense membrane layers is responsible for such a difference. In the case of 30 wt% MEA, the addition of the thin composite membrane appeared to decrease the overall mass transfer coefficient of one order of magnitude. For 3.9 wt% NaOH, the drop was limited to 6 folds. However, a smaller difference in the K ov values might have been obtained if it had been possible to ensure similar driving forces. The MC needs a relatively large CO 2 partial pressure difference between the inlet and outlet of the membrane module to obtain a reliable CO 2 flux, whereas the string of discs contactor can only be operated with low CO 2 driving forces to prevent the amine concentration to be depleted by the reaction.
In addition, unlike the SDC for the neat absorbent, only minor differences in the K ov values from the MC were obtained between 30 wt% MEA (7.2·10 −4 m/s) and 3.9 wt% NaOH (6.2·10 −4 m/s), suggesting that the membrane was contributing to the mass transfer resistance to a larger extent. Fig. 12 shows the variation of the overall mass transfer coefficient scaled on the value obtained for the solution in the absence of viscosifier (K ov,0 ), as a function of the viscosity increase associated to a given viscosifier content. It appears that the variation observed for the SDC and the MC, when the CO 2 pressure is 13 kPa, lie on the same master curve, independent from the nature of the absorbent. When the content of CO 2 in the feed gas was increased to 30 and 50 kPa, the relative variation decreased for both MEA-and NaOH-based solutions. The results shown in the figure indicate that the performance drop is independent of the solvent system but dependent on the viscosity.
Modelling
With the aim of improving understanding of the experimental results, the relative contribution of the properties affecting the mass transfer on the liquid side were correlated to the solvent viscosity, and the MC data (at p CO2 = 13 kPa) were compared with the modelled values obtained from Eq. (15) . The results obtained at 40°C are reported in Fig. 13 (MEA) and Fig. 14 (NaOH) . First, looking at the relative contributions of the different properties, an increase in solvent viscosity led to two-fold increase of the Henry's law constant for CO 2 (decreasing CO 2 solubility) and fairly constant k l values (k l -SDC in Figs. 13A and  14A ). The k l values are further dependent on chemical and physical properties where the liquid viscosity is affecting the flow pattern in the liquid phase and indirectly the diffusion coefficient. However, the decrease in the CO 2 diffusion coefficient, obtained by the modified StokeEinstein correlation [46] , did not cause a significant decrease in the k l values.
The resistance in series model (Eq. (15)) was then applied to predict the K ov values in the MC experiments (Figs. 13B and 14B) . Interestingly, although the order of magnitude of the modelled K ov was correct, the model was not able to properly fit the trends observed experimentally. Independently from the absorbent nature, the model approximated nicely the data obtained at low viscosity values, but in the high viscosity range, the modelled mass transfer did not decrease sufficiently to approach the experimental data. In fact, in order to describe the experimental K ov values for the MC, the k l (solved from Eq. (15)) should have been reduced two-folds with an increase in solvent viscosity (k l -MC in Figs. 13A and 14A) . A similar behavior in the modelled K ov was also observed in our previous study [14] . The study suggested that viscous solutions imposed an additional resistance at the membrane/liquid interface leading to a considerably reduction in the CO 2 mass transfer. Along similar lines, Comite et al. [47] suggested a similar conclusion to describe the CO 2 absorption rate into loaded MEA solutions when using a membrane contactor. The study showed that the CO 2 absorption rate decreased with increasing solvent viscosity upon CO 2 loading and an adequate representation of the data was obtained using the liquid film thickness as a fitting parameter in the calculation of the liquid side mass transfer coefficient. The liquid film thickness was modified to account for variations in the solvent viscosity, and a small change in the film thickness could lead to a significant change in the CO 2 flux. Overall, this study indicates that the effect of liquid viscosity on the CO 2 mass transfer in a traditional packed absorption column and a membrane contactor is different. Based on our measurements, the decline in the K ov values obtained from the SDC was due to the decreasing CO 2 solubility and CO 2 diffusion coefficient, while in the MC, the decrease in the K ov values seemed also to be due to other viscosity related effects. Further studies using rigorous thermodynamic and kinetic models to describe the absorption in a membrane contactor are needed to explain the results.
Conclusions
This work studied the influence of liquid viscosity on the performance of a thin composite membrane contactor. The viscosity was artificially changed by the addition of sugar and/or glycerol to MEA and NaOH-based solutions, and the overall mass transfer coefficient (K ov ) was obtained using a string of discs contactor and a membrane contactor. The K ov was found to decrease with increasing amount of viscosifier, and the decrease seemed to be independent of the solvent system. In the membrane contactor, the K ov decreased as a result of decreasing CO 2 solubility and CO 2 diffusion, and, as the resistance in series model was not able to represent the experimental values, it was also likely attributed to an additional resistance established at the membrane/liquid interface.
It is commonly assumed that in membrane contactor applications, the membrane has a dominant role in determining the overall mass transfer resistance, especially when thin composite membranes are used as interface. The present study highlights that a correct solvent selection is also very important to maximize the performance of the membrane contactor for CO 2 capture applications. In particular, the viscosity of the chosen absorbent appears to be a key parameter, dominating over the absorption kinetics. Therefore, even though amine blends have been reported to be a promising development pathway to improve the absorbent performance in traditional packed columns, the increased solvent viscosity can represent a minor limitation for membrane contactor applications. Future work will aim to investigate the reasons of the increased resistance in the membrane contactor system when using viscous solutions. 
Table A3
Experimental and calculated valued for MEA-based solutions using the string of discs contactor (r1 = first run; r2 = second run). (continued on next page)
Table A4
Experimental and calculated valued for NaOH-based solutions using the string of discs contactor (r1 = first run; r2 = second run). 
